Solid-Liquid Mass Transfer in Packed Beds
with Cocurrent Gas-Liquid Downflow

Local instantaneous solid-liquid mass transfer coefficients were measured in
two-phase gas-liquid downflow through packed columns for 3 X 3 mm and 6 X 6

mm cylinders. An electrochemical technique was used. Liquid flow rates from 3.0
to 26.6 kg/m?s and gas flow rates from 0.07 to 1.16 kg/m2:s covered the gas-con-
tinuous, ripple, and pulse flow regimes. Time-averaged mass transfer coefficients
in trickle flow and in pulse flow for the pulse proper and the base (outside the pulse)
were found to increase with increasing gas and liquid rates, Correlations are pre-
sented in terms of liquid phase Reynolds numbers and in terms of Kolmogoroff
numbers. The mass transfer coefficients in the pulse were found to correspond
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closely to the coefficients that would be attained in the dispersed bubble flow re-

gime.

SCOPE

Trickle-bed reactors, when operated in the gas-continuous
trickle flow regime, are generally restricted to relatively slow
reactions since the rate is often controlled by the mass transfer
resistance. Operation of the reactor at higher gas and liquid
rates produces pulse flow in which high transfer rates can be
realized (Hirose et al., 1976). The pulse flow regime is better
suited for fast reactions than the trickle flow regime. For design,
the resistance to absorption of gaseous components into the
liquid and the transfer of the reacting species through the liquid
film to the catalyst surface must be known, which necessitates
the study of solid-liquid mass transfer. The many reported
studies on solid-liquid mass transfer generally have utilized one
of two methods: measuring the dissolution rate of some soluble
packing or packing coated with a soluble dye, or measuring the
electrical current in water under diffusion-limited transport
conditions.

The electrochemical method has certain advantages over the
other. It facilitates direct and instantaneous measurements of
solid-liquid mass transfer and is thus very useful to measure
mass transfer fluctuations, especially under pulsing flow con-
ditions. Chou et al. (1979) first measured such fluctuations in
pulse flow. The pulses were found to play an important role in
enhancing mass transfer coefficients, Not much is known about

the mass transfer coefficients in the pulses, their dependence
on flow rate of the phases, and the packing properties. No study
other than Chou’s has been reported in this direction. All earlier
studies employed the dissolution method, from which only
time-averaged values were found.

The present study was conducted to understand the funda-
mental nature of the pulses with respect to mass transfer, the
extent of mass transfer fluctuations, and their qualitative and
quantitative influence on mass transfer. The instantaneous mass
transfer from a single active particle (brass cylinder electro-
chemically coated with nickel) in the bed was measured. Beds
with particles of 3 X 3 mm and 6 X 6 mm cylinders were used.
The active particle had the same dimensions as the bed material.
Time-averaged mass transfer for the pulse proper and base
{outside the pulse) were computed. The electrolytic solution was
a mixture of approximately 0.006 M potassium ferricyanide, 0.05
M potassium ferrocyanide, and a large excess of approximately
1 M sodium hydroxide as a supporting electrolyte, Air was the
gaseous phase. A wide range of flow rates was covered to realize
trickle, ripple, and pulse flow regimes. Liquid flow rates were
varied from 3.0 to 26.6 kg/m%s. Gas rates were varied from 0.07
to 1.16 kg/m?s.

CONCLUSIONS AND SIGNIFICANCE

The electrochemical method measures the product of the local
instantaneous mass transfer rate and fractional surface wetting,
¢. Results were obtained in trickle, ripple, and pulse flow re-
gimes in terms of ¢ k;, where k; is the solid-liquid mass transfer
coefficient. For comparison and correlation of the results, k,
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is expressed in a Sherwood number, Sh. The nature of the flow
regime has a very significant influence on mass transfer rates;
a steep increase of mass transfer occurs in the ripple flow re-
gime, the transition from trickle flow to pulse flow. The Sher-
wood number increases with increasing gas and liquid rates in
all flow regimes. The mass transfer fluctuations in pulse flow
were very large. The pulse mass transfer was higher by about
2.5 to 3.5 times over the base mass transfer parts outside the
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pulse. A typical comparison at L = 7.86 kg/m?s for 6 mm cyl-
inders indicated that ¢Sh for base, average, and pulse increased
by about 2, 3, and 5.5 times, respectively, to ¢.Sh in trickle flow
at the transition. ¢ k, was found to increase with a decrease of
particle diameter from 6 mm cylinders to 3 mm cylinders. The
mass transfer enhancement due to decreasing particle diameter
is about 40% in the pulses (high interaction between the phases)
and about 17% for base mass transfer (low interaction re-
gime).

The proposed correlation in terms of the Reynolds number
in pulse flow correlates the data of earlier studies within 20%
error bounds for cylinders, spheres, and Berl saddles from 2.8
to 12.7 mm dia., for a range of liquid rates from 7.5 to 95 kg/m%s,

and for a range of gas rates from 0.08 to 2.4 kg/m®s. The average
mass transfer in pulse flow, when correlated in terms of the
Kolmogoroff number, was not influenced explicitly by the
particle diameter, although the particle diameter was found to
have an explicit effect on the pulse mass transfer rates. The pulse
mass transfer coefficients were found to correspond to the
coefficients that would be obtained in the dispersed bubble flow
regime. This finding together with the knowledge of bubble
dispersion in the pulse, observed in our laboratory by high speed
photography, indicates that the hydrodynamic mechanism that

exists in the pulses closely corresponds to that in dispersed
bubble flow.

INTRODUCTION

Two-phase gas-liquid downflow through packed beds, often
called trickle beds, finds extensive use in the petroleum industry
and in oxidation processes, for example, oxidation of dissolved
organic pollutants in industrial wastewater. Interphase mass
transfer-—mass transfer from gas to liquid and liquid to solid—
often controls the performance of these reactors. Solid-liquid mass
transfer resistance is significant when the following inequality is
satisfied (Satterfield, 1975):

(10dp/c) r (1 — €) > Kis (1)

Hence for highly active catalysts or fast reactions and/or relatively
large catalyst particles, the liquid film becomes the controlling
resistance.

Following the initial study by Van Krevelen and Krekels (1948),
there have been several investigations on solid-liquid mass transfer
(Table 1). Generally either dissolution of slightly soluble packing
into the liquid or electrochemical reactions were used for the
measurements. The electrochemical technique gives the instan-
taneous mass transfer coefficients by measuring the limiting current
under diffusion-limited transport conditions at relatively high
voltage. Then the current is independent of the potential at the
working electrode and is a direct measure of the diffusive flux. The
method is well suited to study fluctuations in mass transfer, for
example, in pulse flow.

Pulse flow is characterized by high density (liquid-rich) and low
density (gas-rich) mixtures flowing successively through the bed,
causing a high level of turbulence. The regime is encountered at
intermediate gas and liquid rates, bordered on one side by gas-
continuous trickle and ripple flow at lower liquid rates and on the
other side by dispersed bubble flow at higher liquid rates. The low
density part outside the pulse is more like trickle flow; the high
density part in the pulse resembles dispersed bubble flow. The
objective of this study was to characterize the solid-liquid mass
transfer coefficients in and outside the pulses.

EXPERIMENTAL

Apparatus and Procedure

A diagram of the experimental apparatus is shown in Figure 1. The
trickle-bed column was made of glass having an L.D. of 5 cm. The column
was packed with 3 X 3 mm or 6 X 6 mm glass cylinders. Air and liquid were
fed at the top of the column (1). The liquid was distributed over the packing
by means of three tubes, and the air entered the column flow behind
through the distributor head (2). Air and liquid flow rates were measured
by a set of rotameters (4). The flow rates were held constant by means of
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flowstats (5) irrespective of the column pressure drop variations.

The air was saturated with water in a humidification column (3) packed
with Berl saddles before entering the main column. Water was fed to the
humidification column countercurrently with the air.

Two pressure taps (10) were provided, one just above the packing at the
top through the distributor head and the other through a supporting grid
of the packing at the bottom of the column. The pressure drop in the column
was measured using either a mercury or a water U-tube manometer (11),
depending on the flow rates of the phases.

Instantaneous solid-liquid mass transfer for a single particle in the bed
was determined under diffusion-limited transport conditions at the working
electrode. For this purpose the column was divided into different packed
sections, having a total length of 240 cm. A test section 30 cm long was kept
between entrance and exit sections of 100 and 110 cm, length respectively.
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Figure 1. Experimental apparatus.

{ 1) Packed sections. (8) Water tank.

(2) Liquid distributor, (9) Pressure regulator.

(3) Humidification column. (10) Pressure taps.

(4) Rotameters. (11) Manometer.

(5) Flowstats. {12) Electrochemical cell electrodes.
(6) Pumps. (13) Lead wires.

(7) Liquid tank. {14) Copper mesh electrodes.
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TABLE 1. SUMMARY OF PREVIOUS RELEVANT STUDIES
Packing Size G L
Author and Shape Packing Material Gas and Liqyid Phases kg/m2s kg/m2s Correlation
Lemay et al. (1975) 6.25 mm spheres Benzoic acid Air-water 0.87-0.9 13-40 Pulse flow: k,Sc?/3 = 0.20 (E1 juy/ o1 )*%
Goto et al. (1975) 2.4 mm granular -naphtol Air-water 0-0.009 0.48-5.2  Trickle flow: Graphical correlation in terms of jp and
0.54, 1.08 and 2.4 Naphthalene Rey.
mim granualar Air-water 0-0.009 0.48-5.2
Sylvester and 3.17 X 8.17 mm Benzoic acid Air-water 0.23-0.93 35-197 Kk, = 1.305[L70M8}] — (e¥/] + e)}] G038
Pitayagulsarn cylinders y = 4L /6350; L,G in lb,,/f%h k, in ft/s
(1975)
Hirose et al. (1976) 2.8,5.5, 12 mm Benzoic acid Nitrogen(?)-water 0.2-2.8 0.53-245  Single-phase flow:
spheres €Sh/Sc1/3 = 0.80 Re?5 20 < 200
3.2,6.4, 12.7 mm Brass Nitrogen(?)-potassium €Sh/Scl/3 = 0.53 Re?® 200 < Re;, < 5000
spheres dichromate in aqueous Pulse and dispersed bubble flow: In terms of an
sulfuric acid enhancement factor as compared to single phase flow
Specchia et al. (1978) 3 X 3 mm cylinders Benzoic acid Air-water 0-1.9 1.6-8.3 Trickle flow (G = 0)
6 X 6 mm cylinders Air-water, water + #Sh" /ScY/3 = 279 (Re )00
surfactants, water + Gas-continuous and pulse flow:
glycerol In (¢Sh” /Sc/3) = 1.84 + 0.311 In(we X 10%)
—6.33/In(we X 103)2
Satterfield et al. 3X8,6X6 Benzoic acid Nitrogen, helium argon-water 0-1.6 0.5-25 Trickle flow (G = 0)
(1978) mm cylinders $Sh’/Sct/3 = 0.815 Re %822, Re} < 60
Pulse flow:
#Sh’/Sc/3 = 0,334 Ko®202
Chou et al. (1979) 7.8 mm spheres Nickel Air-potassium ferri and 0.08-0.69 7.2-20 Pulse flow:
(electrochemical ferrocyanides in €¢Sh”/Sc1/3 = 0.72 Re)™ Red®
reaction) sodium hydroxide
Ruether et al, (1980) 6.35 mm Berl Benzoic acid + Air-water 0.33-1.77 21-944  Gas-continuous flow: Re}, < 55
saddles rhodamine €dSh*/Sc1/8 = 0.0819 (Rey )27
Transition: 55 < Rey, < 100
€¢Sh*/Scl/3 = 0.00437 (Re} )57
Pulse and dispersed bubble flow: Re} > 100
€¢Sh*/Scl/3 = 0.68 (Re} )0 1€
#Sh’/Sc1/3 = 00,43 Ko022
Delaunay et al. 4 mm spheres Nickel Nitrogen-potassium ferri and 0.01-0.4 0.5-5
(1982) (electrochemical ferrocyanides in sodium
reaction) hydroxide
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Figure 2. A schematic of mass transfer aquislition system: A, amplifier;
A/ D, analog-digital converter; a, anode; d cathode.

The long entrance and exit sections were preferred to eliminate the end
effects observed by Chou et al. (1979).

The cathode was either a 3 X 3 mam or a 6 X 6 cm cylinder depending
on the inert packing material and was made of brass electrochemically
coated with nickel. A thin nickel foil having a large surface area (2.5 X 15
cm) was used as the anode to prevent polarization of the anode. The cathode
was always placed at the center of the column about 15 cm below the top
of the test section, The nickel anode was placed in a spiral shape next to the
wall of the column separated through a layer of the inert packing particles,
as shown in the detail of the cell electrodes (12) in Figure 1. In this type of
configuration electrolytic flow is perpendicular to the electric current. The
configuration was first used by Delaunay et al. (1980) in upward cocurrent
gas-liquid flow in packed beds. The crossflow configuration was chosen
for two reasons: Besides providing a better potential distribution in the
solution, it greatly reduces the ohmic potential drop between the electrodes,
especially at low liquid holdup levels, thus favoring a wider limiting current
plateau. The electrodes were frequently cleaned by dipping them into
dilute hydrochloric acid. Whenever the electrodes were cleaned, a portion
fo the packing material from the test section had to be taken out and care
was taken to refill it with the same amount of packing material.

The electrolytic solution was a mixture of approximately 0.006 M po-
tassium ferricyanide, 0.05 M potassium ferrocyanide, and a large excess
of approximately 1 M sodium hydroxide as a supporting electrolyte. The
supporting electrolyte reduces the migration effect. Initial trials with
commercial grade potassium ferri- and ferrocyanides indicated decom-
position of the solution within a week or less. In view of this, analytical grade
ferri- and ferrocyanides were used, which improved the use of the solution
for a longer time. However, no solution was used more than four days. The
concentration of potassium ferricyanide was measured before each ex-
periment.

Pulse frequencies were measured with the help of two copper mesh
electrodes (14) placed between the packing about 5 cm above from the
bottom of the column. Additional details of this method can be found
elsewhere (Blok and Drinkenburg, 1982). All the experiments were done
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Figure 3. Experimental pulse and base mass transfer as a function
of gas mass velocity, 8 mm cylinders.
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Figure 4. Experimental pulse and base mass transfer as a function
of gas mass velocity, 3 mm cylinders.

at 20°C. The diffusivity of ferricyanide was calculted from the equation
given by Hiraoka et al. (1981); its value is 5.5 X 10~1% m2/s. The viscosity
and the density of the solution were taken from data compiled by Weast
(1977-1978). The bed void fractions for 3 X 3 mm and 6 X 6 mm glass
cylinders were 0.349 and 0.362, and stagnant holdups were 0.153 and 0.12,
respectively. The solid-liquid mass transfer measurements were made in
the trickle, ripple, and pulse flow regimens. The liquid mass velocities were
varied from 2.99 to 26.6 kg/m?s and gas mass velocities from 0.07 to 1.16
kg/m?s.

Data Sampling and Aquisition

The measuring apparatus for mass transfer and the data aquisition system
are shown schematically in Figure 2. The DC voltage converted from an
AC power supply unit was constant within an accuracy of 0.03% for a 10%
change in AC voltage. A desired voltage between the electrodes was set and
the resulting current was determined from the voltage drop across a 10 ohm
standard resistor. The voltage signal was amplified and digitized by an AR
11 A/D converter and later processed in a DEC PDP 11/04 computer to
get the data on mass transfer fluctuations. The potential drop between the
electrodes varied within a maximum of 5% of the set value due to changes
of liquid resistance when the liquid-rich parts (pulses) and the gas-rich parts
passed the cell successively. However, this change in potential drop is
negligible compared to the voltage range over which the limiting current
plateau is attained. Thus, with the present measuring apparatus the limiting
current could be reached both in and outside the pulses.

The column was first operated for at least 1 h in the pulse flow regime
at high liquid rates to accomplish complete wetting of the packing, At the
start of each experiment the limiting current platean was determined by
slowly increasing the voltage. Data sampling and aquisition in pulse flow
were as follows: For a fixed liquid and gas rate a buffer of 500 data points
was sampled consisting of more than one pulse in general. Then the buffer
was scanned from the beginning to detect the start, the maximum, and the
end of the first complete pulse in the buffer, taking care of the noise in the
signal. The remaining data points in the buffer were discarded. The max-
imum value of the pulse is called the pulse mass transfer and the minimum
value at the end of the pulse is called the base mass transfer, taken as rep-
resentative of the part of the bed outside the pulses. The area under the
curve from the start to the end of the pulse was integrated to give the av-
erage mass transfer. The procedure was repeated 100 times at each set point
and statistical means for pulse, base, and average mass transfer were cal-
culated. One experimental point took 2 h.

Under trickle and ripple flow conditions, the column was operated for
about 30 min to reach steady state conditions. Then a buffer consisting of
1,000 data points was sampled in 5 to 10 min and averaged.

A direct comparison of the values of the limiting current on a current
meter agreed well with the average computed value in trickle flow con-
ditions, but a similar comparison was not possible in ripple flow conditions
due to random fluctuations in the current.
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Figure 5. Experimental average mass transfer as a functlon of gas
mass velocity for 6 mm and 3 mm cylinders.

EXPERIMENTAL RESULTS AND DISCUSSION

The electrochemical technique measures the produet of the local
instantaneous mass transfer rate and the fractional surface wetting
of the particle, ¢. Therefore all the mass transfer measurements
are presented in terms of the product ¢Sh, Sh being the Sherwood
number. Various reports in the literature (e.g., Chou et al., 1979)
indicate that nonuniform and incomplete surface wetting exists
in trickle flow, while a uniform and complete wetting can be as-
sumed under pulse flow conditions.

The experimental results for solid-liquid mass transfer in terms
of ¢Sh are presented as a function of gas and liquid velocities in
Figures 3 to 6. The pulse and base (outside the pulses) mass transfer
coefficients in terms of ¢Sh increase with increasing liquid and gas
mass velocities, as shown in Figures 3 and 4 for the packings of 6
mm and 8 mm cylinders, respectively. The increase in ¢Sh with
L and G in pulse flow can be interpreted according to certain pulse
properties first measured by Blok and Drinkenburg (1982) and
supported by Rao and Drinkenburg (1983). The wetting of the
particles as such may not be expected to contribute additionally
to solid-liquid mass transfer after the inception of the pulses.
Therefore, the increase of base and pulse mass transfer (Figures
3 and 4) may well be explained as follows:

o At a given liquid velocity, the interstitial liquid velocity in-
creases with increasing gas velocity due to a decrease in liquid
holdup.

Interpretation of the residence time distribution measure-
ments with the crossflow model shows that stagnant liquid
holdup decreases with increasing pulse frequency and with
decreasing total liquid holdup (Blok, 1981). The increased
mobility of the liquid induces more turbulence, especially at
the packing junctions. This phenomenom may also be true for
base mass transfer but at a different level of turbulence.
The liquid in the pulse is accelerated by the higher pulse ve-
locity, which is approximate an order of magnitude higher
than the interstitial velocity of the liquid.
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Figure 6. Typlcal comparison of experimental mass transfer in trickle,
ripple, and pulse flow regimes.

L\

e Blok et al (1983) observed that the transition flow occurs at
a constant critical liquid velocity, Vr;, and the pulse fre-
quency, f,, is given by

foa (VL —=V5,) 2)

A small increase in V;,; with liquid velocity at the transition to pulse
flow regime was observed (Rao and Drinkenburg, 1983), which
obviously increases the base mass transfer with increasing liquid
rate.

The time-averaged solid-liquid mass transfer coefficients in
terms of ¢Sh in trickle, ripple, and pulse flow are shown in Figure
5 for 6 mm and 3 mm cylinders. ¢Sh increases with both gas and
liquid mass velocities in all the flow regimens. The dotted lines in
Figures 5 and 6 for 6 mm cylinders delineate approximately the
data in the respective flow regimes. As can be seen from Figure 5
and 6 for 6 mm cylinders, at a constant L, ¢ Sh increases rather
slowly with increasing G in trickle flow. Further increase in G
causes rippling, probably creating turbulence in the liquid film,
and the mass transfer begins to increase significantly. The increase
is accompanied by fluctuations in mass transfer. The fluctuations
become larger with increasing G. In this range of G no such fluc-
tuations in mass transfer occurred for 3 mm cylinders. The increase
in solid-liquid mass transfer with G in trickle flow and for the
transition (ripple, incipient pulsing) was also reported for Sylvester
and Pitayagulsarn (1975) and Ruether et al. (1980).

@Sh in trickle flow (Figure 5) increases with L due to increasing
interstitial velocity of the liquid and fractional surface wetting, ¢,
of the particles. The increase in ¢Sh with G is small for high liquid
mass velocity L, but for low liquid mass velocities, the dependence
of ¢Sh on G can be strong. Specchia et al. (1978) also noticed an
increase in ¢Sh with increasing G in trickle flow. Satterfield et al.
(1978) reported a maximum of 10% change in ¢Sh with G in the
trickle-flow regime. Contrary to the above, Hirose et al. (1976)
found no effect of G on ¢Sh in trickle flow.

The mass transfer coefficients ¢k, for 3 mm cylinder are smaller
than for 6 mm cylinders at L = 2.99 kg/m2.s (Figure 5). It should
be noted that a decrease in ¢k, is predicted at sufficiently lower
liquid Reynolds numbers (Carberry, 1960) and the enhancement
of ¢k; is expected to be smaller for decreasing particle size (Goto
et al, 1975).

Figure 6 shows a typical comparison of ¢Sh between pulse, base,
and average mass transfer in pulse and ¢Sh values in trickle
flow and ripple flow at L = 7.86 kg/m?s for 6 mm cylinders. The
effect of gas rate is marked in the ripple flow regime. Having
attained a certain level of turbulence and almost complete wetting
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of the particles at the inception of pulses, the base mass transfer
continues to increase with increasing G but less steeply than in
ripple flow. The curve for trickle-ripple-base might well be con-
tinuous. The turbulence in the pulse is very high, causing a sig-
nificant increase in pulse mass transfer that is about 2.5 times
greater than the base mass transfer for 6 mm cylinders. Also, as can
be seen from Figure 6, mass transfer for base, average, and pulse
at G = 0.37 kg/m?2s increases by about 2, 3, and 5.5 times, re-
spectively, compared to ¢Sh for trickle flow.

It can be noticed from Figure 5 that the mass transfer in terms
of ¢k, increases with decreasing particle diameter. It is interesting
to note that on the average ¢k, for pulses increases by about 40%
for 3 mm cylinders over 6 mm cylinders, whereas the increase in
¢k, for 3 mm cylinders in pulse flow is about 25% higher than for
6 mm cylinders. The relative lower enhancement of mass transfer
for smaller particle size in the low interaction regime (parts outside
the pulse) was also noticed by Goto et al. (1975) in trickle flow for
smaller packings (£2.4 mm). However, the operating conditions
were different in the two situations. While complete wetting of the
particles can be assumed in pulse flow, this is not so in the trickle
flow regime. This leaves us to believe that the relative decrease of
enhancement for smaller packings in low interaction regions is due
to a relative decrease of turbulence or a relative increase of stagnant
liquid holdup at the packing junctions. For smaller particles the
stagnant liquid holdup at the packing junctions occupies a relatively
large fraction of the particle surface, eventually leading to over-

lapping.
CORRELATION OF RESULTS

Table 1 summarizes the relevant earlier studies on solid-liquid
mass transfer.

Trickle Flow

The mass transfer data in ripple flow and the data for 3 mm
cylinders at L = 2.99 kg/m2s were compared with the earlier
correlations. The Specchia et al. (1978) and Satterfield et al. (1978)
correlations at G = 0 for incomplete fractional wetting agree with
our data with root mean square deviations of about 14%. The Goto
et al. (1975) graphical correlation predicts a maximal 25% higher
value at the lowest gas rate (G = 0.07 kg/m2s) for both packings.
Our results when compared with the Van Krevelen and Krekels
(1948) correlation for filmlike flow did not agree at all, the corre-
lation predicting very high values.

The correlation of Ruether et al. (1980) for trickle flow, taking
an average porosity of 0.615 for 6.35 mm berl saddles, can be
written as

¢ Sh/ScV/3 = 0.133 (Re} )0.777 (8)

The liquid holdups required to calcualte Re; were obtained using
Specchia and Baldi’s (1977) equation in the low interaction regime
as given by Eq. 4:

B4 = 3.86 Rel™ (Ga*)~012 (a,d,,/ €)0-65 (4)

Our experimental mass transfer data agree with the values calcu-
lated by Eq. 3 with a root mean square relative deviation of 11%.
However, the values from Eq. 4 were consistently lower, with a
maximum deviation of 16%.

The analysis of the present data and the data of earlier investi-
gators indicate that the effect of gas rate on solid-liquid mass
transfer rates is significant for G > 0.01 kgm?-s, and none of the
existent correlations is capable of correlating the data with good
accuracy. With the aim to improve the correlating accuracy for
the mass transfer data in trickle flow for G > 0.01 kg/m?2-s, an
equation containing Sherwood and Schmidt numbers as proposed
by Satterfield et al. and a modified liquid Reynolds number Re;,
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= Ld,/hipL) is proposed, Eq. 5. The liquid holdup, hy,, based on
column volume is expected to take into account the effect of ac-
companying gas flow on solid-liquid mass transfer. The dynamic
liquid holdups are calculated by Eq. 4 and the stagnant liquid
holdups, 3,, from the relation proposed by Mersmann as reported
by Hofmann (1978).

Our experimental data, fitted by linear least-squares regression,
give the following equation:

& Sh’/Scl/3 = 0.24 (Rey )*"> (5)

The root mean square relative deviation with our data is 6.5%
(Figure 7). Also the data of Ruether et al. for 6.35 mm Berl saddles,
recalculated from their relation, and those from Chou et al. (1979)
at ug = 0.286 m/s for 7.8 mm spheres and the data of Sylvester and
Pitayagulsarn (1975) for 3.17 mm cylindrical pellets are compared
with proposed Eq. 5 in Figure 7. The pressure drops required to
calculate dynamic liquid holdups from Eq. 4 were obtained from
the correlation proposed by Rao et al. (1983) in trickle flow given
by Eq. 6.
LO4 G095 (] ~ ()15

dls ( 22 ©)

(—=AP/H) = 0.239

As can be seen from Figure 7, the data of Ruether et al. and Chou
et al. agree with the proposed correlation, while those of Sylvester
fall below the line within a 15% error bound.

Pulse Flow

Our results for the average mass transfer agree reasonably well
with the correlation proposed by Chou et al. (1979) based on their
transfer data by the electrochemical technique from a single sphere
(dp = 7.8 mm). The results spread with a root mean square relative
deviation of 7.3%. When our data for pulse, base, and average mass
transfer are fitted by nonlinear least-squares regression to the same
type of equation as theirs, the following relations are obtained:

Pulse mass transfer:

€¢Sh” [Sc1/3 = 2.4 Re}Red1® (7
Base mass transfer:
€¢Sh” /Scl/3 = 0.31 Red** Red32 (8)
Average mass transfer:
€¢Sh” /Scl/3 = 0.77 Rel*® Red?® 9

--———— Authors equation
sk - Ruether et al {1980} data %
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Authors dato
2
1 G,Kg/mis
0 F 0.8 007
- H,A 0123
7,% 0.241
O.m 0.368
Filled points -6mm cylinders
+ Unfilled points - 3mm cylinders
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Figure 7. Comparison of solid-liquid maSs transfer data in trickle flow
with authors correlation, Eq. 5.
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Figure 8. Correlations for pulse, base, and average solid-liquid mass
transfer, Eqs. 17, 18, 19.

The root mean square relative deviations for the above equations
are 6.7, 10.5, and 5.5%, respectively.

Comparison of the experimental data of mass transfer with the
equation of Ruether et al. (1980) requires the liquid holdups. The
holdup equations of Blok and Drinkenburg (1982) were used to
calculate the pulse, base, and average liquid holdups in pulse
flow:

Pulse liquid holdup:

Bp = 0.058(a,/Ug )02 (10)
Base liquid holdup:

Bp = 0.036(a;/Ug)*® (Y
Average liquid holdup:

B = 0.048(a,/ U )0-265 (12)

Although these equations were based on Raschig rings data, the
applicability of these equations was checked for other types of
packings such as spheres (Rao and Drinkenburg, 1983).

The equation of Ruether et al. (1980), taking an average porosity
of 0.615 for Berl saddles, can be written as

$Sh*/Sc1/3 = 1.11(Re} )0 416 (13)

The calculated values for Eq. 13 were consistently lower, deviating
by about 30% for 6 mm cylinders, although comparison was better
for 3 mm cylinders, whereas the Specchia et al. (1978) correlation
did not agree satisfactorily with our average mass transfer results.
The data of Sylvester and Pitayagulsarn (1975) were lower than
our results and the same may be expected with the data of Satter-
field et al. (1978) at L = 5 kg/m2-s due to their reported agreement
of their data with those of Sylvester and Pitayagulsarn.

The time-averaged mass transfer rates measured by using a
single active particle (present study and Chou et al., 1979) were
usually higher than those measured by the dissolution method. This
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Figure 9. Comparison of the average solid-liquid mass transfer data
in pulse and dispersed bubble flow reported in the literature with the
authors’ correlation, Eq. 19.

difference may be due to several factors, as mentioned by Chou
et al. (1979).

With the aim of improving the correlation of our data as well
as the previous data, various forms of correlating equations were
tried. Of these, the form given below was found the best.

€¢Sh/Scl/3 = A Refy (14)

with
Sh =kid,/D (15)
Repy = Lde/hepr (16)

where d. = 6(1 — €)/a; is the effective particle diameter.

Our mass transfer data for pulse, base, and average were fitted
to the form of Eq. 14 by nonlinear least-squares regression to give
the following equations:

Pulse mass transfer:

€¢Sh/Scl/3 = 2.38 Rel4, (7
Base mass transfer:

€¢Sh/Scl/3 = 0.29 Red3? (18)
Average mass transfer:

€¢Sh/Sc1/3 = 0.58 Rel® (19)

Our data are compared with the equations in Figure 8. The root
mean square relative deviations are 8.9, 11.2, and 8.2%, respec-
tively. The liquid holdups are calculated with the help of Eqs.
10-12. No significant deviations were noticed when the holdup
equations of Rao et al. (1983) and Specchia and Baldi (1977) were
employed to test the average mass transfer data. The average mass
transfer correlation given by Eq. 19 is compared in Figure 9 with
the data reported by earlier investigators in pulse and dispersed
bubble flow. The data reported by Ruether et al. (1980) in dispersed
bubble flow were recalculated using the Rao et al. (1983) correla-
tion for total liquid holdup:

B = 0.045 a/*(Rer /Reg )V/5 (20)

As can be seen from Figure 9, the present correlation given by Eq.
19 is able to correlate all the data within £20% error bounds for the
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Figure 10. Comparison of authors’ average mass transfer data and correlation
with earlier correlations in terms of Kolmogoroff number.

packings of different shapes such as spheres, cylinders, and Berl
saddles. The liquid mass velocity L was varied from 7.5 to 95
kg/m?s and the gas mass velocity was varied from 0.08 to 2.4
kg/m2-s. The modified Reynolds number Rey yr was varied from
184 to 3930.

CORRELATION USING THE ENERGY DISSIPATION

Lemay et al. (1975), following the approach of Calderbank and
Moo-Young (1961), correlated the mass transfer coefficients in
packed beds under pulsing conditions by using the energy dissi-
pation as given by Eq. 21. This equation assumes no explicit de-
pendence of k; on particle diameter but only implicitly through
energy dissipation.

ok;Sc?/® = 0.20(E pr/ pr. )% (21)

Satterfield et al. (1978) correlated their mass transfer rates by en-
ergy dissipation in the form of Kolmogoroff numbers, in which the
effect of particle diameter can be explicitly taken. Their results at
L = 4.9 kg/m?s were correlated by

#Sh’/Sc1/3 = 0,334 Ko0-202 (22)

where
¢Ko = E1(d,Yp}/u} (23)

Their results at L = 25 kg/m2-s were found to agree with the
Lemay et al. correlation, which can be written in terms of the
Kolmogoroff number, Eq. 24:

#Sh’/Scl/3 = 0.20 Ko025 (24)

Ruether et al. (1980) proposed Eq. 25 based on their data for Ber]
saddles in pulse flow and dispersed bubble flow:

#Sh’/Sc1/3 = 0,43 Ko0-22 (25)

The values of the Kolmogoroff numbers are very high, varying
approximately between 10 and 10 for pulse flow. It should be
noted that a small change in the exponent of Ko causes considerable
difference in the constant.

Our average mass transfer data for 3 mm and 6 mm cylinders
were also correlated using the Kolmogoroff number to give Eq.
26:

®Sh’/Scl/3 = 0.93 Ko025 (26)
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Our correlation and data are compared with the earlier corre-
lations in Figure 10. The root mean square relative deviation of the
data with the proposed correlation (Eq. 26) is 5%. As can be seen
from Figure 10, among all other earlier correlations, the Ruether
et al. correlation agrees well with our data with a root mean relative
deviation of 7%. The correlation of Lemay et al. falls about 15%
below our correlation. The Satterfield et al. correlation underes-
timates our results as much as 50% on the average. Agreement of
our data for 3 mm and 6 mm eylinders with the exponent of 0.25
to the Kolmogoroff number indicates no explicit effect of packing
diameter on k;, in contrast with the findings of Ruether et al. and
Satterfield et al. However, it should be noted that the correlation
of Ruether et al. was based on one-third of their experimental data
taken in pulse flow and two-thirds of their data taken in dispersed
bubble flow.

COMPARISON BETWEEN PULSES AND DISPERSED
BUBBLE FLOW

Pulses may be assumed to be parts of the bed already in dispersed
bubble flow. If the pulse mass transfer can be correlated by Kol-
mogoroff numbers representing the pulse, then the resulting cor-
relation may be expected to provide more information about the
nature of the pulse and probably the influence of the particle di-
ameter in dispersed bubble flow.

Rao and Drinkenburg (1984) proposed a model to caleulate
pressure drop in pulse flow. This model was verified with extended
experimental data for Raschig rings and spheres in various column
diameters. Agreement was highly satisfactory. Utilizing the same
experimental data and the model, the fractional pressures drops
(in total pressure) due to pulses, x,, were calculated and correlated
by nonlinear least-squares regression to give the following equa-
tion:

X, = 7.66 UP®/ 04 27

Assuming Eq. 27 will hold for 3 mm and 6 mm cylinders, the
pressure drop per pulse was calculated from the knowledge of
two-phase pressure drop, pulse frequency, and pulse velocity.
Assume moreover that the pulse velocity was not very different
from I m/s and that the effective average pulse height was 5 cm.
The assumptions may be justified based on the pulse height and
pulse velocity measurements of Blok and Drinkenburg (1982) and
Rao and Drinkenburg (1983). Then Kolmogoroff numbers for
pulses were calculated, also taking the pulse holdups into consid-
eration.
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Figure 11. Correlatlon for pulse mass transfer.

Performing a nonlinear least-square fit on the mass transter
measurements in the pulses proper and the corresponding Kol-
mogoroff numbers resulted in Eq. 28 for pulse mass transfer, which
is compared with the data in Figure 11.

¢Sh’Scl/3 = 0.71 Ko02! (28)

The root mean square relative deviation from the data is 4.6%.
Comparison of Eqs. 28 and 25 shows reasonable agreement of the
exponent on Ko, although the constants in the equations are dif-
ferent. Equation 25 represents the data of Ruether et al., mostly
in dispersed bubble flow, and Eq. 28 represents our pulse mass
transfer data.

The constants in Egs. 25 and 28 differ due to the fact that Ko
numbers in Eq. 28 were based on the average superficial liquid
velocity in the column instead of superficial liquid velocity in the
pulses. For good comparison an estimate of the superficial liquid
velocity in the pulses was obtained as follows: From the knowledge
of pressure drop per pulse and a pulse height of 5 cm, the pressure
drop per unit height of pulse was calculated. The liquid rate re-
quired (in dispersed bubble flow) to attain the pressure drop equal
to the pressure drop per unit height of the pulse was calculated
from the pressure drop correlation given by Rao et al. (1983) for
dispersed bubble flow:

1.05¢70.4 (] — ()15
(—AP/H) = 0.096 LGt (L= O

dé.54 €22 (29)

The Kolmogoroff numbers were then calculated using the liquid
rates obtained from Eq. 29 and the pressure drops per unit height
of the pulse. Pulse mass transfer data are plotted against the sim-
ulated Kolmogoroff numbers (in dispersed bubble flow) in Figure
12 and are compared with the Ruether et al. correlation. The data
now agree satisfactorily with the Ruether et al. correlation, Eq. 25,
with a root mean square relative deviation of 9.3%.

The satisfactory agreement of our pulse mass transfer data with
the correlation applicable to dispersed bubble flow indicates that
the k, in the pulses closely corresponds to k, in dispersed bubble
flow. This finding, together from the knowledge of certain pulse
properties and the bubble dispersion in the pulses observed by
high-speed photography, supports the idea that the hydrodynamics
inside the pulses are similar to those in dispersed bubble flow and
thus that pulses may be considered to be parts of the bed already
in dispersed bubble flow.

ACKNOWLEDGMENT

The authors wish to thank Han Kalsbeek for making available
some of his computer programs and Laurens Bosgra for taking care
of the electronics.

NOTATION
A = constant
a = effective external solid surface area for mass transfer
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Figure 12. Authors’ pulse mass transfer data vs. simulated Koimo-
goroff numbers in dispersed bubble flow and comparison with Ruether
et al. (1980) correlation, Eq. 25.

per unit column volume, m2/m3

a = external surface area of the packing per unit column
volume, m?/m3
B = constant
c = concentration at saturation, mol/m3
D = molecular diffusivity, m2/s
d, = particle diameter, m
d, = equivalent particle diameter of a sphere having the
same surface area as the particle in question, m
d. = effective particle diameter, = 6 (1 — €)/a,, m
EL = energy dissipated by liquid phase per unit mass of
external liquid holdup, = (—AP/H)Uy /h:p1,
m2/s3
fo = pulse frequency, 1/s
G = superficial gas mass velocity, kg/m2-s
Ga* = modified Galileo number, = d3p, (prg
+ AP/H)/pui
H = height, m
h, = external liquid holdup, volume of the liquid per unit
column volume, = 8; + 84
ip = mass transfer factor, = (ak,/a,Uy )Sc2/3
K;s = overall mass transfer coefficient in liquid, m/s
ks = solid-liquid mass transfer coefficient, m/s
Ko = liguid phase Kolmogoroff number, =
EL(dp)4p:li/”%
L = superticial liquid mass velocity, kg/m2-s
(—=AP/ = two-phase pressure drop per unit height of the col-
e amn, N/m?
r = reaction rate, mol/m3.s
Rec = gas phase Reynolds number, = Gd,/uc
Rey, = liquid phase Reynolds number, = Ld,/ ;.
Re} = modified liquid phase Reynolds number, = L/
) heaspr
Re;, = modifed liquid phase Reynolds number, =
. Ld;/ hepr,
Rej, = modified liquid phase Reynolds number, = L/a,u;,
Re; = modified liquid phase Reynolds number, =
Ldp/ ML
Reypm = modified liquid phase Reynolds number, = Ld,/
hepr
Sc = Schmidt number of liquid, = u/pD
Sh = Sherwood number of liquid, = k,d./D
Sh’ = Sherwood number of liquid, = k,d,;’/D
Sh” = Sherwood number of liquid, = k,d,/D
Sh* = Sherwood number of liquid, = k,/a,D
UL = superficial velocity of liquid, m/s
Ug = superficial velocity of gas, m/s
V5,V = real (interstitial) velocity of liquid, m/s
We = Weber number, = U} p;d,/ o, h?
xp = fraction in total pressure drop, contributed by pulsing

part in the column
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Greek Letters

€ = void fraction of the bed

TS = viscosity of liquid, kg/m-s

e = viscosity of gas, kg/m-s

0.PL = density of liquid, kg/m?

oc = density of gas, kg/m3

or, = surface tension of the liquid phase, N/m

¢ = fractional particle wetting with active liquid, =
a/a;

i} = external liquid holdup, volume of the liquid per unit
void volume in the bed

B4 = liquid holdup, dynamic

p = liquid holdup, pulse
By = liquid holdup, base
Bs = liquid holdup, stagnant
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